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Abstract

In these investigations, a detailed examination of the fluid dynamic characteristics of expanded beds containing
silica-based chromatographic adsorbents has been carried out. In particular, the effects of the column accessories such as
distributor design and the flow-rate on the dispersion coefficient of the adsorbent particles have been examined. The
experimental data have been analysed in terms of residency time effects, fluid flow characteristics and physical properties of
the adsorbent particles using several different theoretical models. In common with experience of packed-bed systems, the
results confirm that the optimisation of the dynamic capacities as well as the dynamic adsorption rates of adsorbents in
expanded-bed systems must take into account column design characteristics as well as the physical/chemical features of the
adsorbents, if the highest productivities of expanded-bed/fluidisation procedures are to be achieved with crude feedstocks

from biotechnological applications.
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1. Introduction

Recently, expanded- or fluidised-beds have
emerged as a very useful adjunct to packed-beds for
the chromatographic capture and purification of
proteins, particularly with crude feed stocks derived
from fermentation processes or bulk biological fluids
such as whey or blood serum fractions [1-9]. Not
only do expanded-bed/fluidised systems offer the
possibility of more rapid processing times, resulting
in less degradation and product losses, but also the
capital investment and process labour costs associ-
ated with purchase and operation of centrifugation
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'Part CLIX of the series High-performance liquid chromatography
of amino acids, peptides and proteins. For Part CLVIII see
reference [71].

and/or ultrafiltration equipment can be considerably
reduced, thus improving the overall economics and
productivity of the recovery and purification process.
The design features of the fluidised column can be
anticipated to represent a very important aspect if
uniform fluidisation is to be achieved. Incorrect
design of the distributor could, for example, result in
channelling and lead to an impaired estimation of the
adsorption kinetics. The involvement of uniform
fluidisation can be characterised from studies on the
fluid flow dynamics inside the column. Most studies
on solid-liquid mixing with particulate fluidised
beds have been realised by fluidising transparent or
colourless solid particles in a liquid and by following
the motion of opaque tracer particles [10-16]. The
electrical conductivity method has also been used to
determine the degree of mixing [16-20].

In order to characterise the expanded-bed behav-
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iour of a range of silica- and zirconia-based ion-
exchange adsorbents as part of our on-going in-
vestigations on the adsorption behaviour and sub-
sequent selective desorption from expanded-/fluid-
ised beds of proteins present in complex feedstocks,
the bed expansion characteristics, minimum fluidisa-
tion and terminal velocities, and dispersion coeffi-
cients of several silica-based preparative adsorbents
of different particle sizes have been investigated and
compared to a polymeric adsorbent of comparable
physical characteristics. The results confirm that the
particle size and particle density play critical roles in
determining the minimum and terminal fluid veloci-
ties, whilst the influence of column accessories
directly impact on the pressure drop characteristics
of the system and mixing properties.

2. Materials and methods
2.1. Materials

Human serum albumin (HSA), as a 20% (w/v)
solution was generously provided by the Common-
wealth Serum Laboratories (CSL) (Melbourne, Aus-
tralia). The porous silica particles which included
LiChroprep DIOL (25-40 and 40-63 um) and
Fractosil Si1000 (63-100 wm) were a gift from E.
Merck (Darmstadt, Germany). The soft resin, Frac-
togel HW355, was obtained from Sigma (St. Louis,
MO, USA).

2.2. Preparation of buffers

For the determination of the mixing properties, the
elution buffer consisted of 0.15 M sodium acetate
buffer, pH 4.5. This buffer was prepared by mixing
glacial acetic acid (BDH, Melbourne, Australia) with
distilled water and the pH was adjusted by adding
sodium hydroxide. For all desorption steps, fresh
buffers were made daily with degassed Milli-Q
water, and filtered through a sterile 0.45-pm Milli-
pore filter.

2.3. Preparation of proteins

The stock solution of HSA was divided into 1 ml
aliquots and kept refrigerated at —20°C. When

experiments were performed using HSA (20%, w/v)
as a model protein, the 1 ml aliquots were diluted in
elution buffer solution and made up to the appro-
priate concentration. The extinction coefficient was
measured spectrophotometrically and found to be
equal to 0.583 for a HSA protein concentration of 1
mg/ml.

2.4. Measurement of response parameters

For experiments performed in fluidised columns,
the apparatus consisted of a column with a 1-cm
internal diameter and 15 cm maximum height that
was made of polycarbonate material. The column
with variable endfittings was designed by the inves-
tigators as part of this study at the Centre for
Bioprocess Technology, Monash University, and
made in the workshop of the Chemical Engineering
Department. The column was connected to a high
flow-rate peristaltic pump (model 503U) purchased
from Watson and Marlow (Melbourne, Australia). In
the fluidised column, the channelling effect was
minimised by the addition of glass beads (250 wm)
purchased from Selby Scientific (Melbourne, Aus-
tralia), which were packed at the bottom of the
column. Backflow was prevented by the use of a
metallic grid (0.5 um) placed at the very bottom of
the column. A pressure gauge (VDO, Australia) was
also connected to the bottom of the column. After
the adsorbent particles had settled at the bottom of
the column, the elution buffer (0.15 M sodium
acetate buffer, pH 4.5) was passed through the
column at a specific flow-rate. Once the bed was
stabilised (no increase in bed height being registered)
and the adsorbent fluidised, a plunger of novel
design, also made in the workshop of the Chemical
Engineering Department, Monash University, was
placed just over the top of the fluidised particles to
reduce the dead volume. The HSA solution, diluted
in elution buffer was then passed through the column
and the output response was monitored by means of
a UV detector (Pharmacia Biotech, Uppsala,
Sweden) connected to a two-pen chart recorder
(Model 2210, from Pharmacia Biotech). A break-
through profile similar to that obtained from the
loading of a protein solution of different concen-
trations onto a packed column containing the ad-
sorbent was generated. The dispersion coefficients
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Fig. 1. Schematic representation of the fluidised bed system.

were then determined by fitting the predicted break-
through profiles obtained from the axial dispersion
model [21] and the tanks in series model [22—-26] to
the experimental breakthrough profiles.

Prior to the determination of the dispersion coeffi-
cient, the bed expansion characteristics were also
determined. A known amount of adsorbent was
packed into the column and the bed was allowed to
stabilise. Once settled, the bed height was registered.
Elution buffer (0.15 M sodium acetate buffer, pH
4.5) was then passed through the column at different
flow-rates. While carrying out the bed expansion
experiments, the minimum fluidising velocity was
determined, i.e. the minimum fluidising velocity to
cause the bed to be in the loosest form of packing.
The value of the minimum fluidising velocity was
determined by the pressure drop method [27-31]. A
pressure gauge was connected on the fluid line to
measure the system pressure drop, as shown in the
schemata of the equipment layout (Fig. 1). In
circumstances where it proved difficult to measure
the minimum fluidising velocity, correlations ob-
tained from literature were used to derive this value.

3. Results and discussion
3.1. Theoretical background

Dispersion of fluid in a fluidised bed is composed

of contributions from molecular longitudinal and

axial diffusion, turbulent diffusion and convective
diffusion caused by a non-uniform velocity distribu-
tion. It has been observed [15] that the dispersion
coefficients of fluid are independent of the diffusivity
of the tracer particle used to characterise the degree
of mixing in the expanded/fluidised bed. Previous
studies [18,32~38], mainly from chemical engineer-
ing applications, have shown that the longitudinal
dispersion for fluid in a solid—liquid fluidised column
can be determined from the following dimensionless
terms

d,u,D
X= vd,p /v (0

where dp=particle diameter (m), U, =interstitial
velocity (ms h, U =superficial velocity (ms™~ ", D=
dispersion coefficient (m’s), pe=fluid density (kg
m ) and v=viscosity of fluid (kg m~' s).

The term X is the ratio of the Peclet number over
the Reynolds number, ie. X=P,/R,. In previous
studies related to the validation of Eq. (1), a range of
different materials was used in expanded/fluidised
bed columns for the determination of the dispersion
coefficients, including glass [17,33,38,39], sand
[40,41], lead [39,42], polystyrene [15-17] and poly-
propylene [16]. Collectively, these studies have
shown that the longitudinal dispersion coefficient is
affected by many factors, with the density and
concentration of the particles included amongst those
parameters known to affect the axial dispersion
coefficient [39].

Several groups of investigators have also observed
that the ratio of particle-to-column diameter affects
the dispersion coefficient to varying extents.
Stayanovskii [43], for example, found that the dis-
persion coefficient was inversely proportional to the
column diameter, whereas an increase in axial mix-
ing with increasing column diameter has been ob-
served by some investigators [44-46]. However,
other investigators could not observe any change in
the dispersion coefficient in studies examining the
effect of the ratio of particle diameter to column
diameter on the dispersion coefficient [17,32,41,47].
For example, in the studies of Kikuchi et al. [17] and
van der Meer et al. [47], columns with diameters
ranging from 2 to 6 cm were examined to study the
effect of column diameter on the dispersion coeffi-
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cient, paralleling the use of column types that are
employed in process-scale high-performance chro-
matographic separations. In addition, Cairns and
Praunitz [39] observed that particle agglomeration
can also affect the axial dispersion. With fluidised
lead and glass beads in water, the axial dispersion
coefficient for lead in water was found for example
to be twice that of the glass—water system, consistent
with the observation that the lead~water system has
a greater tendency to aggregate [27].

The effect of particle size and column bed height
on the dispersion coefficient has also been studied by
various investigators. In these studies, the dispersion
coefficient was generally found to be lower for
smaller particles [17,19,48—-50]. With most systems,
the dispersion coefficient was not affected by change
in the bed height [15,19,24,35,39]. However, Krish-
naswamy et al. [37] have proposed a correlation
whereby the dispersion coefficient was dependent on
bed height. With spherical and irregular particles
fluidised in columns of different dimensions, con-
flicting observations have been made concerning the
effect of flow-rate on the dispersion coefficient. In
some studies, the dispersion coefficient was found to
continuously increase as the flow-rate was increased
[32,41,50,51], whilst in other investigations, the
dispersion coefficient was found to reach a maximum
as the flow-rate was increased [11,12,17,39]. In these
latter investigations, a maximum dispersion coeffi-
cient was observed when the bed voidage ranged
from 0.7-0.8.

It has been suggested [24] that an increase in bed
voidage at higher velocity resulting in a reduction in
the number of particles occupying the same volume,
causes a reduction in the dispersion coefficient. El-
Temtamy et al. [52], working with glass beads with
average diameters of 0.45, 0.96, 2 and 3 mm,
observed different mixing behaviours with increasing
fluid velocity. The axial dispersion of the smallest
particle size (0.45 mm) was reduced with an increase
in liquid velocity, reached an asymptotic value with
0.96 mm particle beads and passed through a maxi-
mum value with beads of 2 mm particles. An
increase in the dispersion coefficient with liquid
velocity similar to that observed with 0.96 and 2 mm
particle beads was noted by Kim et al. [53] who used
2.5 mm irregular gravel and 6 mm glass ballotini in a
three-phase fluidised bed. Mehta and Shemilt [38],

working with 0.5 mm glass beads, observed a
maxima at €=0.65, followed by a minima at €=
0.70-0.75, after which the axial dispersion increased
again up to € =0.90, then decreased again depending
on the viscosity of the liquid.

Tang and Fan [19] did not observe any maxima in
the dispersion coefficient with particles of average
diameter between 1.0-2.5 mm and a density ranging
from 1.1-1.3 g cm™'. On the other hand, these
investigators observed a maximum in the energy
dissipation rate per unit liquid mass for all particles
at a bed voidage equal to 0.7 and related this
phenomenon to the wake dispersion effects that are
formed on top of particles and which are assumed to
contain highly mixed zones of fluid which multiply
with increasing flow-rate. An increase in fluid ve-
locity will cause bubble dispersion, lowering the
particle concentration and increasing the particle
oscillations. The formation of finer bubbles and the
lowering of particle concentration will contribute to a
reduction in the axial dispersion, whereas an increase
in particle oscillation will contribute to an increase in
the longitudinal dispersion coefficient. The overall
effect will depend on the particle characteristics [52].

Many correlations have been proposed to deter-
mine the axial dispersion coefficients in solid-liquid
fluidised beds. Correlations have been proposed for
systems covering a rather low Reynolds number
range [40,41,54], whilst other correlations have been
proposed for a wider Reynolds number range
[32,36,37,55-57]. Chung and Wen [32] approxi-
mated the liquid fluidised bed by a packed-bed with
a large bed fraction and proposed a correlation
applicable to both fixed and fluidised beds with a
46% standard deviation, namely

v [0.20+0.011 Re®*¥

where Y=Re_./Re and Re .=Reynolds number at
minimum fluidising velocity.

Kikuchi et al. [17], working with polystyrene and
glass beads having diameters ranging from 239 to
1887 wm, found that low density solid particles have
lower dispersion coefficients than denser particles
and proposed the following correlation, namely

D
i 50042°* exp(—20.5(0.75 — €)°) (3
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where D is the axial dispersion coefficient, / is the
kinematic viscosity of liquid, (2 is the energy
dissipation rate (m® s°) and € is the void fraction.
However, there is disagreement in the literature
concerning the values obtained from these different
correlations for the axial dispersion coefficient. For
example, in the systematic study of Kikuchi et al.
[17], the experimental results were compared with
correlations proposed by various other investigators
[32,40,41,54,56], with the predicted results deduced
from the correlations shown to vary between 160%
to 3000% from the experimentally observed values.
This large difference could be due to a range of
factors affecting experimental results, including the
contribution of poor distributor performance in fluid-
ised beds which would cause severe distortion of the
bed hydrodynamics [15,16,18].

Correlations for the determination of the disper-
sion coefficient are known to be subject to errors,
particularly when the proposed correlation is depen-
dent upon other correlations. For example, in the
correlation proposed by Krishnaswamy and Shemilt
[36], the effects of the particle terminal velocity, the
open tube dispersion coefficient, particle density,
shape of the particle and radial velocity on the liquid
axial dispersion are taken into account. However, the
terminal velocity and the open tube dispersion
coefficient were obtained from a correlation pro-
posed by Tichateck et al. [58] and Benarek and
Klumpar [59], respectively. Thus, a 10% error made
in the measurement of the terminal velocity could
lead to 19.5% deviation from the true value of the
dispersion coefficient {33]. Subsequent investigations
have indicated that the correlations proposed by
Chung and Wen [32] and Krishnaswamy and Shemilt
[36] were only applicable for particles having large
diameters and high densities [17,19].

Determination of the dispersion coefficient for a
particular particle and column system helps to define
the flow characteristics occurring inside the column.
The greater mixing of the fluid inside the column
which occurs in expanded or fluidised columns will
affect the nature of the binding kinetics of a solute to
an adsorbent. So far, protein purification has been
mainly performed with the traditional packed col-
umns where the effect of axial dispersion is negli-
gible. Metzdorf et al. [60] have studied the disper-
sion coefficient in the fluidised column where silica

(125-160 wm), having a density of 1.47 g cm
was used for the adsorption of galactosidase. The
dispersion coefficient was determined as a function
of the bed expansion and was found to increase with
increasing velocity, although the effect of the mixing
characteristics of the flowing fluid on the immobili-
sation of the enzyme was not examined. Draeger and
Chase [1-4] have also studied the dispersion coeffi-
cient of a fluidised column in which bovine serum
albumin was adsorbed onto Q-Sepharose Fast Flow
(44-180 wm) having a density of 1.13 g cm™'.
However, the adsorbent chosen had a low density
and no mixing was obtained. A D/U_L value equal
to 0.007, with a D value equal t0 5.2:10 *m™>s™',
was reported by these investigators. In this system
the flow characteristics were laminar with the par-
ticles assumed to behave in the same manner as in
the packed column, where low flow-rates were
applied to avoid an increase in pressure drop. Under
these conditions, it can be concluded that the fluid
was moving along with plug flow characteristics.

3.2. Determination of dispersion coefficients

3.2.1. Residence time distribution

The time taken for a molecule of fluid to pass
from one end of the vessel to the other end is defined
by the exit age distribution function (£,) or the
residence time distribution function. In a closed
vessel, it is obvious that different elements of the
fluid will take different paths, and will require
different periods of time to pass from one end of the
column to the other. As a result, the mean average
time for all elements of the fluid to traverse the
column can be represented by
. L
=7 (4)

o

where U, is the interstitial velocity and L is the
column length.

The E, of the fluid can be determined experimen-
tally by the step function (equivalent to frontal
breakthrough with a packed bed) or pulse input
method (equivalent to a zonal elation profile with a
packed bed). As described in the Section 2, the step
function approach was followed in the present
investigations. In the step function method, the curve
generated, usually called an F-curve, is expressed as
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the ratio of the input and output concentration ratios
(C/C,). The shape of the curve will depend on the
mixing state of the system. Irrespective of the
hydrodynamic or rheological circumstances which
prevail in the column, the area behind the curve
gives the time spent by a fluid element inside the
vessel. The type of curve generated from the pulse
input approach is a Gaussian function and is usually
called the C-curve. Normalisation of the data associ-
ated with either the F- or the C-curve is usually
achieved by dividing the measured concentration by
the area under the concentration—time curve.

3.2.2. Models for non-ideal flow

Depending on the column and inlet distributor
design, the physical and chemical characteristics of
the particles, the temperature and the composition of
the fluid, non-ideal flow can occur inside the column.
These flow features can be characterised by a variety
of different models that vary in complexity. For
example, various modifications of the ‘“‘one parame-
ter model” have been employed to adequately
represent the fluid flow in packed beds, whilst some
models containing from two to six parameters have
been employed with fluidised beds. The major focus
of the present investigations involved the “‘one
parameter model”, which include the axial disper-
sion model (ADM) [21] and the tanks in series
model (TSM) [22-26]. With both models, it was
more convenient to measure the time in units of
mean residence time, which is defined as the ratio of
the time spent by an eluent molecule against the
average time. The average time can be defined as the
length of the column over the interstitial velocity
(Eq. 4), which is itself the ratio of the superficial
velocity against the bed voidage according to the
following expression:

U,=Ule(ms ') (5)

3.2.3. The axial dispersion model

The ADM assumes that the column can be repre-
sented by a turbulent flow reactor in which the axial
dispersion can mainly be equated with the effective
diffusivity D,. Moreover, the ADM further assumes
that both the concentration profile and the axial
velocity (U) are uniform across the diameter of the
column. According to a modification of Fick’s law,

the molecular diffusion can be represented in the
case of expanded or fluidised beds by the following
equation:

sc_ o'
8t T sy’

(6)

where D, instead of being the coefficient of molecu-
lar diffusion that characterises the process in the
Fick’s equation for a well-stirred tank, is here called
the longitudinal or axial dispersion coefficient that
characterises the degree of backmixing during the
fluid flow, and x is the characteristic length. The
above basic differential equation representing the
dispersion model can also be represented in the
dimensionless form shown below

oc_[ b7 [ox]_s¢c ;
69 - UOL 512 BZ ( )
where
t
6=— (8)
t
and
z=Ut+ x)/L (9)

The dimensionless term (D/U_ L), or the column
dispersion number, is the inverse of the Peclet
number. The equation representing the dependency
of concentration on time dispersion model is shown
below

c 1 1 JUL 1-8 ]
FOZ‘z‘ 1 —erf EX D XW (10)
From Eq. 10, the value of D can be iteratively
derived so that the curve derived from the above
equation matches the experimental curve. Two ex-
treme cases can easily be identified from Eq. 10,
namely (i) when D/U,L—0, no axial dispersion is
present in the system and the column behaves as a
plug flow, and (ii) when D/U,L—, an infinite
diffusivity is observed in the system and a stirred
tank performance is obtained.

3.2.4. The tanks in series model

The TSM is visualised as various flow regions that
are connected in parallel. It assumes that there are
several smaller tanks within the column that perform
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the same function as the actual column. This model
has been discussed by various investigators [22-26].
Since in the stirred tank model all the tanks are
similar, the total mean residence time is identical for
each tank and the average residence time per tank is
0/m. After the introduction of an amount of material
into the system at ¢t=0, the amount of material
present in stages 1, 2..m can be represented by N,
N,...N,,. The final equation governing the transport is
then given by

dN N, N,_,

m__

dr r 1 (an

where 7=residence time per stage.

From the solution of Eq. 11 for the m-stages, it
can be shown that on continuous introduction of
material from time =0 onwards, the concentration
profile of material leaving the column at time 7 is
given by

C _Jm( )

(o]

—mé 1 2
=l-e [1+m9+§m9 o

] ~
+mm9m 1] (12)

Similarly, from Eq. 12, two extreme cases can be
identified for the TSM, namely (i) when m=0,
leading to the absence of axial diffusion and (ii)
when m=1, leading to the formation of only one
mixing stage in the entire vessel and, as a result, the
dispersion number tends towards infinity. Since the
dispersion number of a solvent through a column can
be explained in terms of eddy diffusion, different
relationships linking the number of stages, m, and the
dispersion number have been proposed. For example,
Kramers and Alberda [24] have proposed the follow-
ing relation

D 1
UL~ [2m— 1)

(13)

whilst Klinkerberg and Sjenitzer [25] have derived
the relationship linking D and m shown below
D 1

UL m a4

When m is large, i.e. when the fluid flow inside

the column is close to plug flow, the dispersion
numbers determined from Eqs. 13,14 are almost
identical. However, when m =1, it can be concluded
from Eq. 13 that D/U L—%, whilst Eq. 14 leads to
D/U,L=0.5.

3.2.5. Bed expansion characteristics

In the present series of experiments, several
different silica-based adsorbents with physical
characteristics appropriate for preparative application
in expanded-bed/fluidised columns were examined.
Representative data for the bed expansion of these
different silica-based adsorbents are presented in Fig.
2a as plots of the height (H) of the fluidised column
against the superficial velocity. A linear dependency
was observed for H versus U, for the different
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Fig. 2. Effect of flow-rate on (a) bed height, (b) ratio of bed height
and (c) bed voidage for different adsorbents. In each case 2.5 g of
adsorbent were placed into a column of internal diameter of 10
mm and 0.15 M sodium acetate buffer, pH 4.5, was used as the
eluent.
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adsorbents in the range of flow-rates studied. Among
the adsorbents studied, the plot resulting from the
expansion of Fractogel HWS55 was the steepest,
while the plot resulting from the expansion of
Fractosil 1000 was the shallowest. Moreover, these
data indicated that when the same superficial velocity
was applied, the bed voidage observed for the
Fractogel particles was the largest, whereas the bed
voidage with the Fractosil particles was the lowest.
The densities of these adsorbents were measured by
the displacement method, where it was found that
Fractogel HW55 (1.06 g cm °) has the lower density
compared to Fractosil 1000 (1.35 g cm™). From
these results, it can also be concluded that the
respective expansion in bed height for the different
particles at the same flow-rate is proportional to the
density and particle size.

The effect of the particle size was also examined
when LiChroprep DIOL of two different mean
particle diameter ranges (25-40 and 40-63 um)
were allowed to expand at a particular velocity. Fig.
2a shows that the plot resulting from the expansion
of LiChroprep DIOL (25-40 wm) was steeper than
that resulting from LiChroprep DIOL (40-63 tm).
In fact, the different extents by which these two
adsorbents expanded at a particular linear velocity
varied by a factor of 1.5. The ratio of the expanded
bed height to bed height at rest (L/L)) was also
plotted against the superficial velocity and the results
are shown in Fig. 2b, where essentially linear
dependencies were observed.

Fig. 3 shows the bed expansion characteristics of
the different adsorbents fluidised with a 150 mM
sodium acetate buffer, pH 4.5, in terms of the
dependency of superficial velocity versus bed voi-
dage employing the approach of log U, versus log ¢
as proposed by Richardson and Zaki [61] and
Richardson and Meikle [62]. In particular, the slope
of the plot of the logarithm of the superficial velocity
versus the logarithm of the bed voidage gives the
value of the n index and the y-intercept gives the
terminal velocity. Table 1 compares the n-index
values obtained for the four different adsorbents with
those predicted by the Richardson-Zaki correlation.
As evident from these resuits, the n-index values
were within the range of values predicted from the
Richardson-Zaki correlation. For example, values of
the n-index equal to 4.65 and 4.89 were obtained for
Fractogel HWS55 and Fractosil 1000, respectively,
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L s LiChroprep DIOL (25-40 pm)
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L 4
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Fig. 3. Plot of the logarithm of the bed voidage versus the
logarithm of the superficial velocity for different adsorbents. The
column dimensions and eluent composition are given in the legend
to Fig. 2.

compared to an n-index value of 4.65 predicted for
particles with average diameters <100 pum by the
Richardson-Zaki correlation. The results also indi-
cate that the n-index value increased with the particle
size, i.e. the n index for LiChroprep DIOL (25-40
pm) was 4.9 compared to 5.28 for LiChroprep DIOL
(40-63 um). This increase in the value of the
n-index for the larger particles is consistent with the
correlation proposed by Richardson and Zaki [61],
where the n-index is dependent on the ratio of
particle diameter to column diameter. However, as
evident from our experimental results, the data
obtained from the bed expansions of LiChroprep
DIOL were higher than the n-index values obtained
from the Richardson-Zaki correlation, if an n-index
value of 4.8 was used as the Richardson-Zaki
parameter for spherical particles in a laminar flow
regime [62,63]. The higher n-index value obtained
from the expansion of LiChroprep DIOL particles
(40-63 pm) at different linear flow-rates may thus
be due to the fact that the particles were angular.
Higher values of the n-index than predicted from the
Richardson-Zaki correlation have been previously
obtained [64]. A decrease in the value of the n index
with larger particle size should not be surprising, if it
is assumed [65] that there is a greater proportion of
occluded liquid with particles of smaller size.

3.2.6. Determination of the minimum fluidising
velocity

Table 2 shows the minimum fluidising velocity of
the different adsorbents. Because of the design of the
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Table 1
Determination of the expansion index using the correlation proposed by Richardson and Zaki [61]
Particle Mean Shape n-index
range diameter
(pum) (pm)
Richardson and Zaki [61] - >100 Spherical 4.65
Richardson and Meikle (62] <100 Spherical 4.79
55 10.5
Jottrand [69] - 20.2 Angular 5.60
28.7 Angular 5.60
43.1 Angular 5.60
63.0 Angular 5.60
86.2 Angular
113.0 Angular
Chase and Draeger [4] 44-180 93.5*3.1 Spherical 4.90
Present work
Column diameter (10 mm)
Fractogel HW 55 40-63 51.5 Angular 4.65
LiChroprep DIOL 25-40 325 Angular 490
LiChroprep DIOL 40-63 515 Angular 5.28
Fractosil 1000 63-100 81.5 Angular 4.89

instrumental system used in these studies, and the
fact that the adsorbent particles were heterogeneous
in terms of their particle diameter, which would
result in the larger particles being less affected by the
passage of fluid at low flow-rates, resulting in their
retention at the bottom of the column, whilst the
smaller particles moved upwards, the minimum
fluidising velocity of the Fractogel HWSS, LiCh-
roprep DIOL (25-40 um) and LiChroprep DIOL
(40-63 pm) were determined using the correlations

Table 2

proposed either by Wen and Yu [34] or by Kunii and
Levenspiel [66]. The derived values indicated that a
very low linear flow-rate was required to cause the
particles to be in the loosest form of packing. For
example, from the correlations proposed by Wen and
Yu [34] and Kunii and Levenspiel [66], the mini-
mum velocity required to cause a bed containing
Fractogel HWSS5 and LiChroprep DIOL (25-40 pm)
to be in the loosest form of packing was 0.002 cm
min~' and 0.08 cm min~', respectively. Fractogel

Experimental and theoretical values of the minimum fluidising velocities of different adsorbents

Particle Experimental (cm/min)* Wen and Yu correlation [34] Levenspiel [21] correlation
(cm/min) (cm/min)

Fractogel HW55 * 0.02 0.02

(40-63 pm)

LiChroprep DIOL * 0.010 0.011

(25-40 pm)

LiChroprep DIOL ’ 0.03 0.03

(40-63 um)

Fractosil 1000 0.100 0.08 0.08

(63-100 pm)

*Column L.D. =10 mm.

® Accurate experimental values of the minimum fluidising velocity could not be determined by the pressure drop method.
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HWSS5 had the lowest minimum fluidising velocity,
followed by LiChroprep DIOL (25-40 pm) and then
LiChroprep DIOL (40-63 pm), with Fractosil 1000
exhibiting the highest minimum fluidising velocity.
These data are consistent with the expected trends if
the density and particle size of these adsorbents are
taken into account, i.e. Fractogel HWS5 has the
lowest density (1.06 g cm™") while Fractosil 1000
has the highest density (1.35 g cm ) and the largest
particle size.

Table 2 also shows the minimum fluidising ve-
locity of Fractosil 1000 determined by the pressure
drop method. The minimum velocity determined by
the intersection of the two curves (Fig. 4) was 0.1
cm min~'. The experimental data were higher in
value than the values predicted from literature corre-
lations. According to the Wen-Yu correlation, the
minimum velocity required to cause the slightest
expansion of the bed should be 0.082 cm min™ .
This difference between the predicted and ex-
perimental values could be due to the manner in
which the pressure drop was measured. Since the
pressure drop was measured from the bottom of the
column, the pressure drop exerted by the distributor
(glass beads) was also included and this will result in
an overestimate of the value of the minimum fluidi-
sation velocity. When compensation is made for the
contribution of the distributor, a value of 0.053 cm
min~' was obtained.

Fig. 4 shows the plot of the pressure drop against
the superficial velocity in a packed and fluidised
column of the same cross-sectional dimensions con-
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Fig. 4. Effect of the flow-rate on the pressure drop in both the
packed and fluidised columns (1D. 10 mm). Fractosil 1000 (2.5 g)
was used as the adsorbent and distilled water was used as the
eluent. The static bed height was 3.0 cm.

taining the same quantity of the Fractosil 1000
adsorbent. In the packed column, the pressure drop
increased linearly with the superficial velocity, with
values ranging from 22 kPa at a superficial velocity
of 0.318 cm min ' to 90 kPa at a superficial velocity
1.28 ¢cm min ', In the fluidised column, a smaller
increase in pressure drop was observed over the
same linear flow-rate, with the pressure drop at
superficial velocities >0.1 cm min~' following a
linear trend. As apparent from these results, the
general behaviour expected for the pressure drop
curve of a fully fluidised column, whereby the initial
increase in pressure drop was followed by a plateau
value when the column was completely fluidised,
was not observed. Above the minimum fluidising
velocity, the slope of the pressure drop curve was
reduced, but never became zero. This finding indi-
cates that above the minimum fluidising velocity, the
pressure drop was still a function of the linear
flow-rate. As noted above, this observation could be
due to the fact that the column accessories (tubing,
distributor, etc.) were contributing to the increase in
pressure drop at the higher flow-rates. The effect of
these accessories was demonstrated by carrying out
the same experiments with the column containing no
adsorbent particles. The effect of the column acces-
sories on the pressure drop is shown in Fig, 4, where
a pressure drop ranging from 5 to 61 kPa was
observed when the superficial velocity was raised
from 0.32 to 3.82 cm min~'. Once compensation had
been taken into account for these column accessory
effects, then the pressure drop profile for the column
containing the fluidised particles reached a plateau
value at a superficial value of 0.053 cm min .
From the correlations proposed by Wen and Yu
[34] and Kunii and Levenspiel [66], the effect of the
particle size on the minimum fluidising velocity was
determined. The results are shown in Table 2. These
results indicate that the minimum fluidising velocity
increased with the square of the particle diameter.
The data obtained from the above correlations with
the silica-based adsorbents were compared with
analogous results obtained by Draeger and Chase [1]
who used lower density particles (Sepharose Fast
Flow, 44—180 xm, 1131 kg m™>). Despite the fact
that the minimum fluidising velocity (0.04 cm
min ') employed in this early study with an agarose-
based adsorbent was higher than the value obtained
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in the present investigation with the silica-based
adsorbents, it is noteworthy that at the minimum
fluidisation value not all of the Sepharose particles
could have been expanded, if the ratio between the
smallest and the largest sized particles are taken into
account [34,47-49,57,67,68].

3.2.7. Determination of the terminal velocity

The experimental determination of the terminal
velocity was achieved from the y-intercept of the
plots of the logarithm of the superficial velocity
against the log of the bed voidage (Fig. 3). The
experimental terminal velocity of the respective
adsorbents are shown in Table 3. Fractogel HWS5S5
had the lowest terminal velocity whilst Fractosil
1000 had the highest terminal velocity. For example,
the velocity required to elute Fractogel HWS55 out of
a column of dimensions 1.6X2.6 cm was 0.32 cm
min "', whilst the velocity required to elute Fractosil
1000 out of the column was 12.88 cm min '.
Extrapolation of the plots of the logarithm of the
superficial velocity versus bed voidage at a bed
voidage equal to one gave the terminal velocity (Fig.
5) for each adsorbent, with parallel lines obtained in
each case. Similar results have been obtained [69]
with sand particles ranging from 20.2 to 113 mm in
diameter fluidised in distilled water. Different results
were obtained when the logarithm of the superficial
velocity was plotted against the bed voidage, as
shown as in Table 4. The extrapolation of the line at
€ =1 gave higher values of the terminal velocity. In
certain cases, the differences in values were as high

Table 3

®  Fractogel HW 55 (40-63 ym) 1 7.0
= LiChroprep DIOL (25-40 pm) ] 6.5
4 LiChroprep DIOL (40-63 pm) 7 ~ -
*  Fractosil 1000 (63-100 pm) -} -6.0

———
—

0.5 0.6 0.7 08 0.9 1.0

Fig. S. Plot of the bed voidage versus the logarithm of the
superficial velocity for different adsorbents. The column dimen-
sions and eluent composition are given in the legend to Fig. 2.

as three fold, consistent with the fact that the
particles had a heterogeneous size distribution.

Comparison of the experimental data obtained
from the plots of the logarithm of the superficial
velocity against the logarithm of the bed voidage for
different chromatographic adsorbents with the corre-
sponding values obtained from Stokes equation and
from the correlation proposed by Pinchbeck and
Popper [70] revealed that the results were within the
same range. In the case of Fractogel HWSS, the
values obtained by correlations were higher than the
experimental data, whilst for LiChroprep DIOL (40—
63 wm) and Fractosil 1000 the opposite situation was
observed. Except for Fractosil Sil000, where the
difference between the experimental data and the
theoretical data was higher than 50%, the difference
between the theoretical data and the experimental
values was around 20%.

Experimental and theoretical values of the terminal velocities of different adsorbents

Particle Experimental (cm/min) Stokes correlation [26] Pinchbeck correlation [70]
(cm/min) (cm/min)
Log U vs. Log € Log U vs. €
Column Column
I.D.= 10 mm LD.=10 mm
Fractogel HW 55 0.32 0.46 0.48 0.48
(4063 pm)
LiChroprep DIOL 0.95 2.63 0.99 0.99
(25~40 pm)
LiChroprep DIOL 3.33 4.27 2.68 2.67
(40-63 pm)
Fractosil 1000 12.89 2095 7.59 7.92

(63-100 pm)
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Table 4
Experimental and theoretical values of the Reynolds number at the terminal velocities of different adsorbents
Particle Experimental Stoke correlation Pinchbeck correlation [70]
Log U vs. Log € Log U vs. €
Column Column
I.D.=10 mm [.D.=10 mm
Fractogel HWS5 0.03 0.04 0.04 0.04
(40-63 um)
LiChroprep DIOL 0.005 0.01 0.005 0.005
(25-40 wm)
LiChroprep DIOL 0.03 0.04 0.02 0.02
(40-63 pm)
Fractosil 1000 0.18 0.29 0.10 0.11
(63-100 pm)

The Reynolds number was also determined to
ascertain whether a transition in the fluid flow
characteristics occurred inside the column when the
flow-rate was increased, i.e. whether a change from a
laminar regime to a turbulent regime occurred.
Irrespective of the type of particle size used in our
experiments, the Reynolds number was less than 0.2
when derived from the plots of the logarithm of the
superficial velocity versus the logarithm of the bed
voidage (Table 4). Similarly, use of the value of the
terminal velocity determined from the correlations
based on the Stokes equation or the Pinchbeck and
Popper [70] approach, respectively, gave a Reynolds
number which was less than 0.2. However, at its
terminal velocity, Fractosil 1000 had a Reynolds
number that was not far from the threshold value,
when the logarithm of the superficial velocity was
plotted against the logarithm of the bed voidage.
Because of the low density and low particle size, a
relatively low flow-rate was required to expel the
adsorbents from the column. The fluidisation range
for all the adsorbents (the ratio of terminal velocity
to the minimum fluidising velocity) was also de-
termined and the values (95-130) were within the
same range as that obtained by Pinchbeck and
Popper [70] who studied the fluidisation range on
ballotini, microspherical alumina, microspherical
catalyst and ground silica.

3.2.8. Determination of the dispersion coefficient
Fig. 6 shows the dimensionless output tracer

concentration (C/C,) plotted against the fluid vol-

ume applied to the fluidised bed loaded with Frac-

togel HW55 in a column with the dimensions 26X
1.6 cm, at a superficial velocity of 0.101 cm min .
Because of the nature of the adsorbent (small particle
size and low density), it was impossible to increase
the velocity beyond 0.4 cm min~' without moving
the adsorbent out of the column. Within the range of
flow-rates studied, the theoretical curves derived
from the ADM and the TSM fitted the experimental
data. The dispersion number (D/U L) extracted from
the ADM was 0.008, which corresponded to 60
mixing stages from the TSM when using the rela-
tionship proposed by Kramers and Alberda [24], i.e.
Eq. 12. The derived dispersion coefficient was equal
to 0.004 cm® min~'. Similar values for the disper-
sion coefficient have been obtained by Draeger and
Chase [1] with low density adsorbents, e.g. Q-Sepha-
rose Fast Flow. The low value of the dispersion

1o | ® Experimental i
—— Theoretical (ADM)
08 |........ Theomtical((TSM) =0.008
[ U, =0.104 cmamin™
Q° 0.6
o 04
0.2 -
00 I —_— | BPS i — "
0.0 0.5 1.0 L5 2.0

Dimensionless volume

Fig. 6. Comparison of the curve fit of the axial dispersion model
(ADM) and the tanks in series model (TSM) to the experimental
data. Fractogel HWSS (2.5 g) was packed into a column (I.D. 10
mm) and 0.15 M sodium acetate, pH 4.5, was used as the eluent.
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number indicated that the fluid was moving in a plug
flow manner in the column.

Since the fluid flow characteristics of the expan-
ded-bed column in these experiments is similar to
that obtained in the traditional packed column,
performance criteria for a packed column can be
applied here. One of these criteria includes determi-
nation of the rate at which a protein migrates (and
binds) in a conventional packed column. In this case,
an important variable parameter will be the effect on
bed voidage as the flow-rate is changed. Fig. 7 shows
the experimental and predicted breakthrough profiles
obtained from the loading of HSA in 0.15 M sodium
acetate buffer, pH 4.5, onto LiChroprep DIOL (40-
63 um) at a linear flow-rate of 1.4 cm min .
Compared with the narrow range of flow-rates
applied to cause expansion of Fractogel HW5S5, a
wider range of flow-rates was possible to affect
expansion of LiChroprep DIOL (40-63 wxm), be-
cause the adsorbent has a higher density. Fig. 7
shows that a single theoretical breakthrough profile
derived from the ADM and TSM could not fit the
entire range of experimental data, because a single
value of the dispersion coefficient did not prevail.
Experimental breakthrough curves were curvilinear,
with the theoretical curve having a dispersion num-
ber equal to 0.01, matching the lower portion of the
experimental data, whilst the theoretical curve hav-
ing a dispersion number equal to 0.02 matched the
upper portion of the experimental breakthrough
profile. When the respective dispersion numbers were
averaged, a value equal to 0.015 was obtained,

l.OF ®  Experimental

--------- Theoretical (TSM)
0.3 t—- Theoretical (ADM)
0 U,= L4cmmin™

cic,

04| y
- D/U,L = 0.0079.:¢
02 n=54

0.0 0.5 1.0 15 2.0
Dimensionless volume

Fig. 7. Comparison of the curve fit of the axial dispersion model
(ADM) and the tanks in series model (TSM) to the experimental
data. LiChroprep DIOL (2.5 g) was packed into a column (I.D. 10
mm) and 0.15 M sodium acetate, pH 4.5, was used as the eluent.

resulting in a value for the average dispersion
coefficient, derived from the average dispersion
number, equal to 0.024 cm® min'. The number of
stages that matched the experimental breakthrough
was 54 for the lower portion of the curve and 24 for
the upper portion of the curve, giving an average
number of stages equal to 39. The dispersion number
extracted from the average n stages using Eq. 12 was
within the same range as that obtained from the
ADM. Despite having a higher dispersion value than
that obtained with Fractogel HWS5, the dispersion
number for the LiChroprep DIOL (40-63 um)
system was still below the critical value (0.02), and
we can conclude that at that particular linear ve-
locity, the flow inside the column was still laminar.

Fig. 8 shows the plot of the dimensionless volume
against the ratio of the eluent concentration to the
influent concentration in a column containing Frac-
tosil 1000 as the adsorbent and eluted at different
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Fig. 8. Comparison of the curve fit of the axial dispersion model
(ADM) and the tanks in series model (TSM) to the experimental
data for Fractosil 1000 (2.5 g) at different flow-rates in a fluidised
column (I.D. 10 mm) with 0.15 M sodium acetate, pH 4.5, used as
the eluent.
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flow-rates. As evident, a single theoretical curve
could not be fitted to the experimental data en-
compassing the different flow regimes. The D/U L
values and the »n-index values which gave the best fit
to each curve of the experimental data are presented
in Table 5. It was observed that the average disper-
sion number increased with the linear flow-rate. At
an interstitial velocity of 2.06 cm min~', the average
dispersion numbers were 0.018 and 0.013 from the
ADM and TSM, respectively. As the interstitial
velocity was increased 2.5 fold, the dispersion
number increased by 38 and 56%, as derived from
the ADM and TSM, respectively. The slight increase
in the dispersion number as the superficial velocity
was increased could be due to the distance separating
the particles from each other. At an interstitial
velocity of 2.05 cm min ', the bed voidage was 0.62
and at an interstitial velocity of 4.95 cm min ', the
bed voidage was 0.77. Greater bed voidage, caused
by a reduction in the number of particles occupying a
particular space, thus affected the dispersion number
in accord with the conclusion of Kramers and
Alberda [24].

Fig. 9 shows the plots of the dispersion number
and the dispersion coefficient against the interstitial
velocity for the Fractosil 1000 adsorbent, utilising
data obtained from the ADM and TSM with columns
of the same diameter. The dispersion coefficient and
dispersion number followed the same trend with
changes in the flow-rate. A larger increase in the
values of the dispersion coefficient was observed in

Table 5

0.12 ®  Data from ADM model
0.10 (a) 0 Data from TSM model
* L~ ~ Cheung and Wen
0.08 ~ ~— — Kikuchi et al
..J° 3 " ~ - - -
g 0.% -' S~ ~ -
0.04 T~
0.02 g——/’“”"_i——_f—ﬂ_’_—_“
oo l— 1L
2.0 25 3.0 35 4.0 4.5 5.0
U, (cm.min’!)
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| @ Data from ADM model ——— Cheung and Wen
L6 O Data from TSM model — — Kikuchi e al
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Fig. 9. Determination of the mixing characteristics in the fluidised
column. Plot of (a) liquid axial dispersion number and (b) liquid
axial dispersion coefficient calculated from the experimental data
with the predictions obtained from literature correlations. A well-
mixed suspension of Fractosil 1000 (2.5 g) was initially allowed
to settle in a column (I.D. 10 mm) containing 0.15 M sodium
acetate, pH 4.5, as the buffer and then the same buffer was
pumped through at different superficial velocities.

Experimental results of the axial dispersion coefficient of different adsorbents

Adsorbent U, Data derived from the ADM Data derived from the TSM [26]
(cm/min) [21]
Amount used=2.5 g D/U L Average D (cm’min”") n average DI/UL D (cm’ min™")
Fractogel HWS55 0.10 0.008 0.004 60 60 0.008 0.004
LiChroprep DIOL 1.40 0.01 0.015 0.24 54 39 0.013 0.21
(40-63 pm) 0.02 24
Fractosil 1000 0.64 0.009 0.018 0.17 50 33 0.016 0.15
(63-100m) 0.026 16
1.28 0.014 0.020 0.44 39 29 0.018 0.39
0.026 19
2.54 0.016 0.023 0.67 36 25 0.021 0.62
0.030 13
3.82 0.016 0.025 0.93 30 21 0.025 0.93

0.033

11
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the range of flow-rates studied compared to the
dispersion number. The experimental data were also
compared with the correlation proposed by Kikuchi
et al. [17] and Chung and Wen [32]. According to
the correlation proposed by Chung and Wen [32], a
similar trend is predicted as that obtained in the
present investigation but with higher values, whilst
the correlation proposed by Kikuchi et al. [17]
predicted a decrease in dispersion number in the
range of flow-rates studied and a maxima in disper-
sion coefficient.

4. Conclusions

The present investigations have confirmed that the
degree of mixing of fluid inside a column will
depend on the design of the column. Poor distributor
performance will lead to channelling and this will
eventually result in an overestimation of the column
performance. Due to the presence of channelling, the
particles will move faster in the column and will be
detected at the outlet at an earlier stage. The particle
diameter and density will contribute to a greater
mixing of the fluid inside the column. However, it
has been observed that during the adsorption of a
solute to an immobilised ligand on a particle having
a large diameter, the additional mass transfer resist-
ance of larger particle diameter will limit the choice
of the maximum size of the particle that can be used
in a specific application. In the present investiga-
tions, the degree of mixing of fluid inside the column
has been determined by using the tracer method.
When the adsorbent has a density which is in the
same range as that of the flowing fluid, the degree of
mixing is poor and the fluid behaves in a plug flow
fashion. Poor liquid mixing was observed when
Fractogel HW535 and LiChroprep DIOL were used as
adsorbents. The poor liquid mixing was characterised
by a low value of the dispersion number and of the
dispersion coefficient. The effect of flow-rate on the
dispersion coefficient shows that the dispersion
coefficient follows the same trend as the flow-rate
was increased. However, the predicted profiles ob-
tained from the ADM and the TSM failed to fit the
experimental data.

From our results, it was also observed that the
minimum fluidising velocity and the terminal ve-

locity were affected by the particle size and particle
density. At the terminal velocity, it was observed that
the nature of the fluid flow was still laminar when
Fractogel HWSS5, LiChroprep DIOL (25-40 um)
and LiChroprep DIOL (40-63 um) were packed
inside the column. The results indicated that the fluid
moved within the column in a plug flow manner.
Only Fractosil 1000 exhibited a Reynolds number in
the range of the threshold value (0.2). As a result of
this observation, adsorbents based on Fractosil 1000
would appear to be suitable candidates for use in
expanded-bed/fluidised columns. Experimental re-
sults obtained with associated studies carried out in
this laboratory with immobilised heparin—Fractosil
adsorbents have confirmed this conclusion [9].

The experiments performed with the prototype
columns have shown that they are reliable for
fluidisation experiments, since the expansion charac-
teristics were within the same range as those pre-
dicted by the Richardson-Zaki correlation. Experi-
ments performed with the fluidised column have
shown that high flow-rates can be applied without a
large change in the pressure drop and good liquid
mixing can be achieved if an appropriate high
density adsorbent is used. The application of these
expanded-bed/fluidised column systems should
prove to be advantageous in studies on the ad-
sorption of proteins.

5. List of symbols

C/C, = dimensionless concentration.

d, = particle diameter (m). .

D = dispersion coefficient (m” s).

D/U L = dispersion number.

D, = axial diffusivity.

D, = effective diffusivity (m” s ').

erf = error function in Eq. 10.

g = acceleration due to gravity (m s ).

L = bed height at any flow-rate (m).

L, = bed height when particles are at rest (cm).
n = expansion index.

m = number of tanks in Eq. 11.

Re = particle Reynolds number at a specified

flow-rate (d, p; U/v).
Re,,; = particle Reynolds number on the onset of
fluidisation (d, p; U,,/v).
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particle Reynolds number at the terminal
velocity (d, p; U, /v).

time (s).

superficial velocity (cm min ™~ ').
interstitial velocity (cm min™").

terminal velocity (cm min " ').
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6. Greek symbols

1 — e = the fraction solid at height L.

€ = bed voidage.

€, = column bed voidage when particles are at
rest.

[ = kinematic viscosity (m” s ')

0 =1t

p, = density of solid (kg m’).

o density of fluid (kg m’).
x = characteristic length.
0
v

I

energy dissipation rate (m” s~ °).
= viscosity (kg m ' s)

|
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